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Dual circulating fluidized bed (DCFB) has emerged as an efficient reactor for biomass gasification due to
its unique feature of high gas-solid contact efficiency and separated reactions in two reactors, yet the
understanding of complex in-furnace phenomena is still lacking. In this study, biomass gasification in an
industrial-scale DCFB system was numerically studied using a multiphase particle-in-cell (MP-PIC)
method featuring thermochemical sub-models (e.g., heat transfer, heterogeneous reactions, and ho-
mogeneous reactions) under the Eulerian-Lagrangian framework. After model validation, the hydrody-
namics and thermochemical characteristics (i.e., pressure, temperature, and species) in the DCFB are
comprehensively investigated. The results show that size-/density-induced segregation makes solid fuels
concentrate on the bed surface. Interphase momentum exchange leads to the continuous decrease of the
gas pressure axially. In the gasifier and combustor, the lower heating value (LHV) of the gas products is
5.56 MJ/Nm3 and 0.2 MJ/Nm3 and the combustible gas concentration (CGC) is 65.5% and 1.86%,
respectively. The temperature in the combustor is about 100 K higher than that in the gasifier. A higher
solid concentration results in a smaller value of particle heat transfer coefficient (HTC). The HTCs range
from 50 to 150 W/(m2 K) for a solid concentration larger than 0.3 in the combustor while the HTCs range
from 100 to 200 W/(m2 K) in the gasifier. The Reynolds number of biomass particles is two orders of
magnitude larger than that of the sand particle. The numerical results shed light on the reactor design
and process optimization of biomass gasification in DCFBs.

© 2023 Chinese Society of Particuology and Institute of Process Engineering, Chinese Academy of
Sciences. Published by Elsevier B.V. This is an open access article under the CC BY-NC-ND license (http://

creativecommons.org/licenses/by-nc-nd/4.0/).
1. Introduction

The increasing depletion of fossil energy resources and climate
change urge people to seek renewable and sustainable energy as an
alternative to the current fossil energy (Ge et al., 2014). Among all
clean energy resources, biomass attracts tremendous attention
from both academic and engineering communities (Huang et al.,
2023). Compared with other treatment methods (i.e., landfill,
incineration), biomass gasification is one of the most used tech-
nologies because it thermochemically converts the solid carbona-
ceous feedstock into gaseous products (G�omez-Barea & Leckner,
2010; Rahman et al., 2019), which benefits the downstream
lean Energy Utilization, Zhe-

Institute of Process Engineering, C
ons.org/licenses/by-nc-nd/4.0/).
synthesis of chemical products (e.g., methanol, ammonia, fertil-
izer). Due to its good temperature control, excellent gas-solid
mixing, and wide fuel flexibility, the fluidized bed reactor is a
good choice for biomass gasification (Wang et al., 2023). Fluidized
bed reactors have different types, generally including fixed bed
(FB), bubbling fluidized bed (BFB), spouting bed (SB), turbulent
fluidized bed (TFB), and circulating fluidized bed (CFB). Recently,
the combination of these two reactors into a dual fluidized bed
(DFB) has been increasingly employed due to the unique feature of
separating the nitrogen from the gaseous products in the gasifier,
supporting endothermic gasification based on the heat supplied by
the combustor, and transporting heat between two reactors by heat
carriers (My€oh€anen et al., 2018), as shown in Fig. 1. DFB has the
advantage of producing syngas with moderate high heating value
(HHV) and low tar levels under a wide range of biomass materials.
Accordingly, the DFB has emerged to be established worldwide
(Kraft et al., 2017; Mauerhofer, Müller, et al., 2019). However, the
hinese Academy of Sciences. Published by Elsevier B.V. This is an open access article

http://creativecommons.org/licenses/by-nc-nd/4.0/
http://creativecommons.org/licenses/by-nc-nd/4.0/
mailto:zjulk@zju.edu.cn
http://crossmark.crossref.org/dialog/?doi=10.1016/j.partic.2023.02.018&domain=pdf
www.sciencedirect.com/science/journal/16742001
www.elsevier.com/locate/partic
https://doi.org/10.1016/j.partic.2023.02.018
http://creativecommons.org/licenses/by-nc-nd/4.0/
https://doi.org/10.1016/j.partic.2023.02.018
https://doi.org/10.1016/j.partic.2023.02.018


Fig. 1. Schematic of the dual fluidized bed.
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complex gas-solid hydrodynamics together with intense thermo-
chemical behaviour in the DFB is far away from being fully under-
stood, which inhibits reactor design and process optimization.

In the past few years, many experiments have been performed
to study flow dynamics and biomass gasification in DFBs, involving
the substitution of air with CO2 as a gasifying agent (Mauerhofer,
Müller, et al., 2019), assessment of gas quality (Mauerhofer et al.,
2019), prediction of tar formation (Benedikt et al., 2019), distribu-
tion of solid fraction (Lim et al., 2015), design of new reactors (Kuba
et al., 2018). Such experiments provided abundant macro-scale
information on biomass gasification in DFBs, benefiting both aca-
demic and engineering communities. However, the experimental
method faces an intrinsic challenge in unveiling the complex in-
furnace phenomena (e.g., solid back-mixing, particle segregation,
cluster formation, and non-uniform distribution) due to its intrinsic
limitations. Besides, the experiment is time-consuming and limited
in a narrow operating window.

With the improvement of computer capacity and numerical
algorithms, simulation provides a cost-effective, repeatable, and
systematic method to study biomass gasification in fluidized beds
(Wang et al., 2020; Wang & Shen, 2022). Based on the treatment
method of solid phases, the numerical method can be divided into
the Eulerian-Eulerian framework and the Eulerian-Lagrangian
framework (Van et al., 2008). The former assumes both gas and
solid phases as continuous media, providing a fast solution to
describe flow dynamics and biomass gasification in the DFB (Yan
et al., 2018). However, this method has the intrinsic limitation in
obtaining reasonable information about dispersed particles, such as
particle size distribution and particle shrinkage. In contrast, the
Eulerian-Lagrangian method tracks the trajectory of each particle
and features the inherent information of dispersed particles, thus
has emerged as a promising way to simulate dense gas-solid
reacting flow (Wang et al., 2023). Under the Eulerian-Lagrangian
framework, the computational fluid dynamics d discrete element
method (CFD-DEM) fully resolves inter-particle collisions using tiny
solid time steps, leading to the unaffordable computational costs in
simulating large-scale fluidized bed reactors within enormous
particles (Hu et al., 2019;Wang& Shen, 2020). Specifically, the CFD-
DEM is commonly applied to simulate biomass gasification in
small-scale fluidized bed reactors, with a focus on the fundamental
study of particle trajectory (Tsuji et al., 1993), heat transfer contri-
bution (Hou et al., 2012), solid fuel conversion (Kong et al., 2022),
bubble dynamics (Yang et al., 2019), and so on. In contrast, the
multiphase particle-in-cell (MP-PIC) as another Eulerian-
Lagrangian method is more efficient in simulating dense gas-solid
reacting flow than the CFD-DEM, as it lumps several original par-
ticles with identical properties into a numerical parcel and further
simplifies inter-particle collisions with a solid stress model (Snider
et al., 2011). These two strategies reduce computational costs
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tremendously, making the MP-PIC intrinsically applicable for the
simulation of large-scale fluidized bed reactors with large amounts
of particles. Using this approach, Kong et al. (2020) studied the
thermochemical behaviour of gas-solid flow in a pilot-scale DFB
composed of a BFB gasifier and a CFB combustor. Yang et al. (2020)
investigated the radial and axial segregation of heat carriers in a
pilot-scale 1MWth DFB including a BFB gasifier and a CFB gasifier.
Based on the same apparatus, Liu et al. (2015) mainly focused on
the effects of the particle size distribution (PSD) and drag models
on the gasification performance. In summary, the reports about the
numerical study of the DFB are very limited due to its complex
geometries and intricate chemical reactions. Moreover, the avail-
able studies of the DFB are commonly limited to the pilot-scale
capacity and the gasifier usually facilitates with a BFB, which hin-
ders the application of the DFB in the practical engineering fields.

Accordingly, an industrial-scale DFB with a new design where
the combustor and gasifier operate at the fast fluidization regime is
numerically studied by the MP-PIC method featuring thermo-
chemical sub-models. The particle-scale properties and thermo-
chemical characteristics of dense gas-solid reacting flow in the dual
circulating fluidized bed (DCFB) are comprehensively studied, with
a mechanism elucidation of heat and mass transfer behaviour. The
present work is structured as follows: Section 2 details the math-
ematical model, reaction kinetics, and model validation. Section 3
gives the numerical settings. Typical flow patterns are presented
in section 4.1. Section 4.2 presents the pressure and temperature
distribution, followed by the gas species contribution in section 4.3.
Heat and mass transfer mechanisms are presented in section 4.4.
The conclusion is drawn in Section 5.
2. Mathematical model

In this work, the MP-PIC framework featuring thermochemical
sub-models was developed to study the biomass gasification pro-
cess. Specifically, the volume-averaged Navier-Stokes equations are
used to describe gas motion. A parcel concept is introduced to
reduce the particle number by lumping a collection of particles into
a parcel. Reaction kinetics of biomass gasification regarding het-
erogeneous and homogeneous reactions are implemented. Sand
and biomass are assumed as spherical without particle morphology
considered, due to the incapability of the MP-PIC method in
simulating non-spherical particles (Snider, 2001; Snider et al.,
2011). Moreover, it is acceptable to assume the solid fuels (e.g.,
biomass, coal) as spherical particles in such an industrial-scale
fluidized bed apparatus, which has been demonstrated by many
previous simulations (Kraft et al., 2017; Snider et al., 2011; Xie et al.,
2017). In this section, the MP-PIC framework is first briefly intro-
duced, followed by the description of reaction kinetics regarding
biomass gasification.
2.1. MP-PIC framework

The conservation equations for the gas phase involving mass,
momentum, energy, and species conservation are given by (Snider
et al., 2011):
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Fig. 2. Schematic of the biomass gasification process.
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where εg, rg, p, and ug are the voidage, density, pressure, and ve-
locity of the gas phase, respectively. d _mp is the consumption or
generation rate due to heterogeneous reactions. Fgp is the inter-
phase momentum exchange term. tg is the gas stress tensor. hg and
DHrg are the gas enthalpy and heat of reaction, respectively. Sgp is
the interphase energy exchange term. _QD is the enthalpy diffusion
term. Xi is the mass fraction of species i. d _mgi and d _mpi are the
consumption or generation rate of species i due to heterogeneous
reactions and heterogeneous reactions, respectively.Di (¼mg/rgSC) is
the turbulent mass diffusion rate of species i, whereby mg is the gas
viscosity and Sc is the Schmidt number. The detailed calculation of
these items can refer to the previous literature (Snider et al., 2011).

The dynamics of the particle phase are described by solving the
particle distribution function (PDF) f as follows (O'Rourke & Snider,
2012):
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�
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�
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tD
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tG

(5)

where fD is the particle distribution function at local equilibrium,
and tD is the particle collision relaxation time. After the particle
collision, the velocity tends to be the isotropic Gaussian distribu-
tion, and tG and fG are the relaxation time and particle distribution
functions in this state. The particle acceleration A is formulated as:
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where, up is the local mass average particle velocity. tp is the solid
normal stress related to particle collisions. The solid volume frac-
tion, interphase momentum exchange term, and interphase energy
exchange term are respectively formulated as:
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wheremp, up, and Tp are the mass, velocity, and temperature of the
particle phase, respectively. Ds is the drag coefficient, which is
calculated using the correlation proposed by Gidaspow (1994).
Besides, each particle is assumed to be iso-thermal, indicating the
thermal gradient inside the particle is not considered in the current
model. The energy conservation for the particle is formulated as:
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where particle Nusselt number Nup is calculated by combining the
particle Reynolds number Rep and Prandtl number Pr. Ap, εp, and s

are the particle surface area, emissivity, and Stefan-Boltzmann
constant, respectively. Tb,local is the temperature of the surround-
ing environment. The detailed calculation of these terms can refer
to the previous literature (Snider et al., 2011).
2.2. Reaction kinetics

In the DCFB system, biomass is chosen as the reactive material
containing volatile, moisture, char, and ash. When the fuel enters
the gasifier and combustor, a variety of chemical reactions take
place simultaneously. Fig. 2 shows the reaction model for the
thermochemical conversion of a biomass particle. Heterogeneous
and homogeneous reactions take place in the reactor. Accordingly,
the global reaction kinetics is implemented considering drying,
pyrolysis, heterogeneous reactions and homogeneous reactions.

As the temperature increases, the moisture is first evaporated as
steam through the drying process, which is denoted by:

Moisture in biomass (s)/H2O (g) (R1)

The evaporation rate of moisture can be calculated by (Yan et al.,
2016):
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dmmoisture

dt
¼NApMW (16)

where Ap is the particle surface area andMW is the molar weight of
the moisture. N is the vapour molar flux and is formulated as:

N¼ k
�
Cp;s �Cp;∞

�
(17)

k ¼ ShD
dp

; Cp;s ¼
Psat;Tp
RTp

; Cp;∞ ¼ Xi
P

RT∞
(18)

where Sh is the Sherwood number and D is the diffusion coefficient.
Psat,Tp and P represent the saturation and local pressure, respec-
tively. Xi is the gaseous species mass fraction.

During the pyrolysis process, many gaseous species (e.g., CO, H2,
CH4, and CO2) are released. The pyrolysis process can be given by:
Biomass / a1CO þa2CO2 þa3H2 þa4CH4 þa5C2H4 þa6C2H6 þa7Char(s) þa8Ash(s) (R2)
where ai is the mass fraction of ith species and the summation of
it is unity. Moreover, the tar formation process is not considered
due to its insignificant effect on bed hydrodynamics (Kraft et al.,
2017). The pyrolysis rate is given by (Badzioch & Hawksley, 1970):

dmvolatile

dt
¼ � 5� 106 exp

��14433

Tp
�
mvolatile (19)

where mvolatile is the mass of volatile in the biomass particles.
The char reacts with the surrounding gasifying agents after the

pyrolysis process. The process of char conversion is influenced by
diffusion and kinetics effects. Thus, the classic model proposed by
Baum and Street (1971) is adopted:

dmc�i

dt
¼ �Appi

kdiff ;ikkin;i
kdiff ;i þ kkin;i

(20)

where pi is the particle pressure. kdiff,i and kkin,i are the diffusion and
kinetic rate coefficients, respectively.

kdiff ;i ¼ Ci

�
0:5

�
Tp þ Tg
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ds

; kkin;i ¼ AiTp exp
�
� Ei
RTp

�
(21)

where Ci is the model constant, 5.0 � 10�12 s K�0.75. Ai is the pre-
exponential factor and Ei represents the activation energy. More-
over, homogeneous reactions such as water-gas shift, methane
oxidation and hydrogen oxidation are considered in this work. The
details of all reactions and their kinetics are listed in Table 1.
2.3. Model validation

As the experimental data of the investigated apparatus are un-
available, the integrated model is first validated with biomass
gasification in a three-dimensional (3D) CFB gasifier experimen-
tally conducted by Garíca-Iba~nez et al. (2004). Fig. S1(a) presents
the schematic of the CFB gasifier (Figs. S1eS5 are in the Supple-
mentary Data). The mean diameter and density of the biomass
particles are 1.89 mm and 659 kg/m3, respectively. The silica sand is
chosen as the bed material with a mean diameter and density of
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0.5 mm and 2600 kg/m3, respectively. The analysis and physical
properties of biomass are listed in Table S1 (Tables S1 and S2 are in
the Supplementary Data). Primary airflow is introduced from the
bottom to fluidize the bed material and acts as a gasifying agent.
The secondary airflow is injected from a feeding port 2.15 m above
the bottom to support reactions. Detailed computational setup can
be found in Table S1. As presented in Fig. S1(b), the mole fraction of
the main gas components (i.e., CO, CO2, H2, CH4, hydrocarbon
components, and N2) predicted by the integratedmodel agrees well
with that obtained from experimental measurements. The slight
discrepancies stem from the impractical implementation of the
numerous elementary reactions during biomass gasification.

An additional model validation towards biomass gasification is
conducted in a dual fluidized bed gasifier (DFBG) installed at
Woodland Biomass Research Center, Woodland, California. As
shown in Fig. S2(a), the DFBG consists of a bubbling fluidized
gasifier for gasification and a combustor reactor. At the initial time,
the solid materials are packed at the bottom of the reactor with an
initial height of 2500 mm. The steam is injected from the gasifier
bottom to fluidize the bed materials and gasify the biomass ma-
terials. Moreover, the propane is introduced into the combustor.
The biomass materials are continuously fed from the side of the
gasifier. The analysis and physical properties of biomass are listed in
Table S2. As illustrated in Fig. S2(b), the mole fraction of the main
gas species agrees well with the experimental data. The slight
discrepancy is attributed to the simplification of reaction kinetics.
Thus, the present MP-PIC model is reasonable to be used to study
biomass gasification in the 3D DCFB. Moreover, the numerical ac-
curacy of the integrated model is not affected by operating condi-
tions (e.g., mass flow rate of solid fuels) as the equations or formula
governing gas-solid flow dynamics, heat transfer, and chemical
reactions are unchanged. Thus, the integrated model is reliable for
the simulation of biomass gasification in the DCFB under different
operating conditions.
3. Simulation conditions

A 3D dual circulating fluidized bed (DCFB) system is numerically
studied in this work. As shown in Fig. 3, the DCFB system consists of
a gasifier and a combustor (My H Nen et al., 2018). The height of the
system is 15 m, and the diameter of the gasifier and combustor are
1.6 m and 1.4 m respectively. For the gasifier, the steam is intro-
duced from the bottom to fluidize bed materials and serves as a
gratifying agent. The feedstock (i.e., biomass) with additional steam
is fed through the feeding port at a height of 1.9 m. For the
combustor, air is introduced from the bed to fluidize bed materials.
The additional air is fed into the gasifier from the nozzle at the
height of 1.1 m. At the height of 0.5 m, additional fuel is fed to the
combustor to aid combustion. The particle properties adopted in
the current simulation are consistent with the values used by
My€oh€anen et al. (2018), which were originally provided in the
corresponding experiment. The biomass material has a density of
659 kg/m3 and a particle size distribution (PSD) of
0.05 mme2.5 mm. The bed material is sand, which has a density of
2300 kg/m3 and a particle size distribution (PSD) of
0.00025 mme0.25 mm. The cumulative weight of normal distri-
bution is adopted to describe the PSD, given by:



Table 1
Homogeneous and heterogeneous reactions (G�omez-Barea & Leckner, 2010; Snider et al., 2011; Tokmurzin & Adair, 2019).

Heterogeneous reactions Kinetic parameters

R3 C þ 0.5O2 / CO AO2
¼ 2:51� 10�3 s/(m K); EO2

¼ 7:48� 107 J/kmol
R4 C þ CO2 / 2CO ACO2

¼ 3:0� 10�1 s/(m K); ECO2
¼ 2:0� 108 J/kmol

R5 C þ H2O / CO þ H2 AH2O ¼ 2:0� 100 s/(m K); EH2O ¼ 1:96� 108 J/kmol
Homogeneous reactions Kinetic parameters
R6 CH4 þ 2O2 / CO2 þ 2H2O r6 ¼ 5:16� 1013T�1

g exp
�� 15636=Tg

�½CH4�½O2�
R7 CH4 þ H2O / CO þ 3H2 r7 ¼ 3:0� 108 expð� 15155 =TgÞ½CH4�½H2O�
R8 H2 þ 0.5O2 / H2O r8 ¼ 1:08� 1012 expð� 15035 =TgÞ½H2�½O2�
R9 CO þ 0.5O2 / CO2 r9 ¼ 1:0� 1010 expð� 15155 =TgÞ½CO�½O2�0:5½H2O�0:5
R10 CO þ H2O 4 CO2 þ H2 r10f ¼ 2:78� 103 expð� 1515:5 =TgÞ½CO�½H2O�

r10b ¼ 9:59� 104 expð� 5605 =TgÞ½CO2�½H2�
R11 C2H4 þ 3O2/2CO2 þ 2H2O r11 ¼ 1:0� 1012 expð� 20808 =TgÞ½C2H4�½O2�
R12 C2H6 þ 3.5O2/2CO2 þ 3H2O r12 ¼ 4:4� 1011 expð� 15199 =TgÞ½C2H6�0:5½O2�1:25

Fig. 3. Geometry and dimensions of the dual circulating fluidized bed (DCFB): (a) front
view; (b) top view.

Table 2
Proximate analysis and ultimate analysis of the biomass (My H Nen et al., 2018).

Proximate analysis, as fired (wt.%) Ultimate analysis, dry, ash-free (wt.%)

Fixed carbon 11.1 Carbon 51.0
Volatiles 61.7 Hydrogen 6.1
Moisture 25.0 Nitrogen 0.5
Ash 2.2 Sulphur 0.1

Oxygen 42.3

Table 3
Details of operation parameters and boundary conditions.

Parameters Gasifier Combustor Unit

Reactor diameter 1.6 1.4 m
Reactor height 15 15 m
Height of secondary steam 1.9 e m
Height of secondary air e 1.1 m
Height of additional duel feed e 0.5 m
Initial bed temperature 800 880 �C
Steam fed to the gasifier 0.45 e kg/s
Steam temperature 180 e �C
Primary steam/air ratio 0.4 e e

Airflow fed to the combustor e 1.84 kg/s
Air temperature e 280 �C
Primary air ratio e 0.5 e

Fuel fed to the reactor 0.9 0.1 kg/s
Solid fuel temperature 30 30 �C
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f ¼ 1
s

ffiffiffiffiffiffi
2p

p e�
ðd�daÞ2

2s2 (22)

where s is the standard deviation and da is the average particle
diameter. The proximate analysis and ultimate analysis of the
biomass are summarized in Table 2. Details of the gas-solid pa-
rameters and operating conditions are listed in Table 3.

The top of the cyclone is set as a pressure outlet boundary
condition. Walls are set as a constant temperature boundary con-
dition. The bottom of the reactor is set as the velocity inlet
160
boundary condition. The whole DCFB system is initially filled with
N2. The simulation is performed for a physical time of 40 s. The
computational domain is divided into grids with different resolu-
tions, i.e., coarse grids (85,356), medium grids (171,288), and fine
grids (240,560). After the grid-independence test, the results
demonstrate that the medium grids are suitable for the subsequent
simulations for the sake of balancing numerical accuracy and
computational costs. Besides, the number of particles in a parcel
(i.e., particle per parcel, Np-p) is crucial for the simulation. Np-p is
specified as 15,625. A larger value of Np-p corresponds to higher
efficiency but lower accuracy while a smaller value of Np-p corre-
sponds to lower efficiency but higher accuracy. To balance the
numerical efficiency and accuracy, Np-p ¼ 15,625 is set based on the
sensitivity analysis. Three sets of the mass flow rate of solid fuels to
the combustor (i.e., 0.05 kg/s, 0.1 kg/s, and 0.15 kg/s) are set to
explore their influences on reactor performance.



Fig. 4. Flow pattern of particle phase in the dual CFB reactor: (a) solid species; (b)
vertical particle velocity (m/s).

J. Yu, S. Wang, K. Luo et al. Particuology 83 (2023) 156e168
4. Results and discussion

4.1. Flow patterns

The flow patterns highly influence the particle mixing, heat
transfer, and chemical reactions in the DCFB system, thus they are
investigated first. Fig. 4 presents the time-evolution distribution of
particle species and vertical velocity in the system. Different flow
characteristics of the solid phase can be observed. Particle prop-
erties (e.g., size, density) lead to the different fluidization and
segregation behaviour in fluidized bed reactors, which has been
evidenced in a set of previous experiments and simulations (Chew
et al., 2010; Liu & Chen, 2010; Wang et al., 2015; Yang et al., 2021).
As shown in Fig. 4(a), sand particles are packed at the lower part of
the system initially. Subsequently, biomass particles are fed into the
system through the feeding ports of the gasifier and combustor
Fig. 5. Axial distributions of solid holdup
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together with the secondary flow. With the introduction of the
fluidizing gas, particles move upwards due to the intense mo-
mentum exchange with the gas flow. After 5 s, several particles
move into the cyclone and then are separated from the gas-solid
flow due to the special geometry configuration (Derksen et al.,
2008). Gas species are discharged from the separator and parti-
cles fall into the riser. Compared with the combustor, more biomass
particles exist in the gasifier. Moreover, severe size-induced and
density-induced segregation of the solid fuels is observed in the
two reactors. Therefore, optimization methods need to be intro-
duced to inhibit the segregation phenomenon and improve the
mixing of bed materials (i.e., sand) and solid fuels (i.e., biomass and
char). As shown in Fig. 4(b), under the influence of gravity, most
particles reaching the maximum heights move downwards along
with the periphery of the inner wall, which is termed a solid back-
mixing phenomenon.

Fig. 5 presents the axial distributions of solid holdup in the
combustor and gasifier, respectively. In general, the bed height of
the combustor is about 1.5 m while that of the gasifier is about
2.5m. The relatively dense solid distribution exists in the lower part
of the combustor and gasifier due to the weak gas motion. The
difference in bed height of the two reactors is attributed to the
distinct cross-section areas. Specifically, a smaller cross-section
area of the reactor leads to more vigorous movements of particles
due to the more significant interphase momentum interactions in a
constraint region. Accordingly, the bed height of the gasifier is
higher than that of the combustor. The rapid alternation of the solid
holdup at 1 m and 2 m of the gasifier is owing to the recycling of
particle flow from the loop seal and feeding port, respectively.
Comparatively, the dilute solid holdup is captured in the upper part
of the reactor due to the density- and size-segregation phenomena.
4.2. Pressure and temperature distributions

Fig. 6 presents the axial distribution of the pressure in the DCFB
reactor. Higher pressure is observed in the lower part of the gasifier
and combustor due to the heavy bed materials. The fluidization of
bed materials makes the pressure rapidly decrease in the axial di-
rection. It is noted that the pressure of the gasifier is higher than
that of the combustor, especially in the lower part of the reactor.
The reason is that the smaller cross-section of the gasifier con-
strains the fluidization of particles, which leads to an increase in
pressure. Combined with Figs. 3 and 4, higher solid holdup leads to
higher pressure in the reactor. In the upper part of the DCFB, the
dilute particle flow results in lower pressure.

Fig. 7 presents the particle temperature and axial distributions
of gas temperature in the dual CFB system. As shown in the figure,
the temperature of gas and particles in the combustor is about
100 K higher than that in the gasifier. In the combustor, most of the
in the gasifier (a) and combustor (b).



Fig. 6. (a) Contour plot of pressure (kPa) in the DCFB; (b) axial distributions of pressure along the central lines of gasifier and combustor.

Fig. 7. (a) Contour plot of particle temperature (K) in the dual CFB reactor; (b) axial
distributions of gas temperature along the central lines of gasifier and combustor.
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fuel burns at the bottom of the combustor with heat released. Thus,
the gas temperature at the bottom of the combustor increases
sharply while the temperature fluctuation above the height of 1 m
is insignificant. In contrast, the gas temperature shows an obvious
fluctuation due to the complex chemical reactions in the gasifier.
The biomass particles are continuously fed into the gasifier at the
height of 1.9 m and undergo the endothermic drying process and
devolatilization. Thus, a decrease in gas temperature near the
height of 2.5 m can be observed in Fig. 7(b). With the increase in
height, the gas temperature increases due to the heat released from
exothermic oxidation reactions being stronger than the endo-
thermic reactions.
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4.3. Species distribution

Fig. 8 presents the time evolution of gas species mass flow rate
released from the outlet of the gasifier and combustor. In the
gasifier, the gas species increases because of the volatile release
from the introduced biomass particles after the initial period. The
mass flow rate of CO2 is larger than that of CH4, CO, and H2. As
shown in Figs. S3eS5, the CO2 and H2 flow up and gather in the
cyclone and upper part of the gasifier at about 20 s, promoting the
water-gas-shift reaction (CO2 þ H2 4 CO þ H2O). Thus, the mass
flow rate of CO sharply increases at about 22 s with the decrease of
the mass flow rate of CO2. In the combustor, the oxygen reacts with
the combustible gases and forms CO2 while the nitrogen doesn't
participate in any reactions. After the initial period, the mass flow
rate of N2 is flatulating around the value of 1.3 kg/s while the mass
flow rate of O2 and CO2 is around 0.4 kg/s and 0.1 kg/s, respectively.
According to the fluctuations of the mass flow rates, it is reasonable
to average the concentration of gas species in the last 15 s. Although
the concentrations of CO and H2 in the gasifier fluctuate in the last
15 s, the gas species in the combustor is in a dynamic steady state,
which means the heat transferred from the combustor to the
gasifier is stable. The industrial-scale dual CFB reactor investigated
in this work is very large and requires remarkable computational
resources. According to the evidence, many numerical studies of
such industrial-scale fluidized bed apparatuses in the open litera-
ture were conducted with a physical time of about 30 s (Kong et al.,
2020; Xie et al., 2017; Yang et al., 2021). Thus, the physical time of
40 s is suitable for the data analysis of the dual CFB reactor in the
following sections.

Fig. 9 presents the distributions of gas species in the dual CFB
reactor. The combustible gas species (e.g., C2H4, CH4, H2, CO) mainly
distribute in the gasifier. Fig. 10 numerically presents the axial gas
species distributions in the gasifier and combustor, respectively. In
the gasifier, the biomass particles are injected into the reactor at a
height of 1.9 m and fluidized upwards with the gas phase. The H2O
has a concentration of nearly 100% at the bottom of the gasifier due
to the steam being chosen as the fluidization gas. In the lower part
of the gasifier, the H2O sharply decreases its concentration because
of the dilution of other gas species produced by devolatilization and
gasification of char. The H2O decreases due to the reaction con-
sumption. Meanwhile, the composition of combustible gas species,
such as CO and H2, is mainly influenced by devolatilization, water-



Fig. 8. Time evolution of gas mass flow rate released from the outlet of the gasifier (a) and combustor (b).

Fig. 9. Contour plots of gas species in the dual CFB reactor: (a) C2H4; (b) CH4; (c) H2;
(d) CO; (e) CO2; (f) O2; (g) H2O; (h) N2.

Fig. 10. Main gas composition in the dual CFB reactor: (a) gasifier; (b) combustor.
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gas reaction, and shift conversion. As shown in Figs. 9 and 10, the
concentrations of CO, CH4, and H2 increase in the lower part of the
gasifier. In the upper part of the gasifier, the CO decreases its
163
concentration while the H2 increases its concentration because of
the shift conversion. As the main reaction product, the concentra-
tion of CO2 increases in the gasifier with the increase in height. In
the combustor, most of the biomass particles burn at the lower part
and consume O2. Some combustible gases, such as CH4 and H2, can
be found near the fuel inlet, but in tiny concentrations. The unique
design of the DCFB separates the reactions in two reactors, thus N2
is focused on the combustor and no N2 is observed in the gasifier,
which demonstrates one of the advantages of the DFB system for
biomass gasification.

Figs. 11 and 12 show the distributions of the time-averaged
concentrations of gas species (i.e., CO2 and CO) at different
heights (i.e., 0.5 m, 1.0 m, and 2.0 m) in the lower parts of the
gasifier. It can be observed that the concentrations of CO2 and CO in
the Y-line are high in the central region. Along with the X-line, the
concentrations of CO2 and CO are high in the right-wall region at
the height of 0.5 m and 1.0 m. Especially, at the height of 2.0 m, the
concentration of CO2 first decreases and then increases, while the
concentration of CO is large in the near-wall region. Figs. 13 and 14
show the distributions of the time-averaged concentrations of gas
species (i.e., CO2 and O2) at different heights (h ¼ 0.5 m, 1.0 m, and
2.0 m) in the lower parts of the combustor. The concentration of
CO2 is high in the near-wall region while that of O2 is small in the
near-wall region.

Fig. 15 presents the mean mole fraction of the main combustible
gas species (e.g., C2H4, CH4, H2, CO) at the outlet of the gasifier and
combustor under three different mass flow rates of solid fuels fed to
the combustor. The change in mass flow rate influences the com-
bustion process in the combustor. As the increase of mass flow rate
of solid fuels to the combustor, the concentration of CO2 increases
with the decrease of H2. In the gasifier, the mean mole fractions of
H2 and CO2 first decrease and then increase and show theminimum



Fig. 11. Distributions of CO2 concentration at three different heights in the gasifier; (a) h ¼ 0.5 m, (b) h ¼ 1.0 m, (c) h ¼ 2.0 m.

Fig. 12. Distributions of CO concentration at three different heights in the gasifier; (a) h ¼ 0.5 m, (b) h ¼ 1.0 m, (c) h ¼ 2.0 m.

Fig. 13. Distributions of CO2 concentration at three different heights in the combustor; (a) h ¼ 0.5 m, (b) h ¼ 1.0 m, (c) h ¼ 2.0 m.

Fig. 14. Distributions of O2 concentration at three different heights in the gasifier; (a) h ¼ 0.5 m, (b) h ¼ 1.0 m, (c) h ¼ 2.0 m.

J. Yu, S. Wang, K. Luo et al. Particuology 83 (2023) 156e168

164



Fig. 15. The effect of the mass flow rate of solid fuels to the combustor on gas composition; (a) gasifier, (b) combustor.
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values at themass flow rate of solid fuels to the combustor of 0.1 kg/
s, while the mean mole fractions of CO, CH4, and C2H4 first increase
and then decrease and show the maximum values at the mass flow
rate of solid fuels to the combustor of 0.1 kg/s.

Two key performance indicators, lower heating value (LHV) and
combustible gas (i.e., H2, CO, CH4) concentration (CGC), are adopted
to evaluate the gasification performance. The LHV and CGC are
defined by (Loha et al., 2014):

LHV (MJ/Nm3) ¼ (25.7 � H2% þ 30.3 � CO
% þ 85.4 � CH4%) � (February 4, 1000) (23)

CGC (%) ¼ The volume summation of combustible gas in syngas/
Total volume of syngas (without H2O) � 100% (24)

As shown in Fig. 16, in the gasifier and combustor, the LHV of the
gas products are 5.56 MJ/Nm3 and 0.2 MJ/Nm3, respectively, and
the CGC is 65.5% and 1.86%, respectively. In the DCFB system, the
biomass gasification process is mainly carried out in the gasifier.
Fig. 17 presents the effect of the mass flow rate of solid fuels to the
combustor on gasification performance (i.e., LHV and CGC). The
change in mass flow rate has a significant influence on the gasifi-
cation performance of the combustor. With the increase of mass
flow rate of solid fuels to the combustor, the value of LHV and CGC
increases, which indicates a positive influence on gasification per-
formance. In contrast, for the gasifier, the values of LHV and CGC
first increase and then decrease and show the maximum values at
the mass flow rate of solid fuels to the combustor of 0.1 kg/s.
4.4. Heat and mass transfer mechanisms

In the CFB reactor, the strong heterogeneous gas-solid flow
structures in the fast fluidization regime can significantly influence
the solid heat and mass transfer. The heat transfer coefficient (HTC)
Fig. 16. Comparison of Lower heating value (LHV) (a) and combust
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can be used to characterize gas-solid heat transfer characteristics.
The HTC considered for a specific particle with the surrounding
environment consists of the convective heat exchange with the gas
phase and the radiative heat exchange with the surrounding
environment. The HTC of a specific particle is evaluated as (Yang
et al., 2021; Zhou et al., 2009):

hs ¼
�
Qpg þQradi

� 
Ap

�
Tb � Tp

�
(25)

where Qpg and Qradi are the convective heat transfer with the gas
phase and the radiative heat exchange with the surrounding
environment, evaluated from Eqs. (11) and (12), respectively. Fig. 18
illustrates the relationship of the HTC versus the solid concentra-
tion and slip velocity in the combustor. According to Eq. (25), the
HTC has a close relationship with the particle Reynolds number,
which further correlates with the solid holdup and slip velocity.
Accordingly, HTC varies with the change of solid holdup and slip
velocity. Specifically, a higher solid concentration results in a
smaller value of particle HTC. The HTC ranges from 50 to 150W/(m2

K) for a solid concentration larger than 0.3. In contrast, for the dilute
distribution of the solid phase, the HTC can reach 400 W/(m2 K).
However, as shown in Fig. 18(b), the HTC of particles ranges from 50
to 150 W/(m2 K) with a slip velocity smaller than 1 m/s. The dense
distribution of the solid phase weakens the motion of the gas phase
and also reduces the slip velocity. A larger slip velocity increases the
HTC and enhances the heat transfer between the solid and gas
phases. For the gasifier, a similar trend can be observed in Fig. 19.
The HTC for most particles ranges from 100 to 200W/(m2 K), larger
than that of the combustor. Thus, the heat transfer characteristics in
the gasifier are stronger than that in the combustor.

Figs. 20 and 21 illustrate the variation of the particle tempera-
ture (a), HTC (b), slip velocity (c), and Reynolds number (d) of the
biomass and sand particles in the combustor and the gasifier,
respectively. In the combustor and gasifier, the temperature of sand
ible gas concentration (CGC) (b) in the gasifier and combustor.



Fig. 17. The effect of the mass flow rate of solid fuels to the combustor on gasification performance (lower heating value and combustible gas concentration); (a) gasifier, (b)
combustor.

Fig. 18. Relationship of the HTC versus the solid concentration (a) and the slip velocity (b) in the combustor.

Fig. 19. Relationship of the HTC versus the solid concentration (a) and the slip velocity (b) in the gasifier.
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particles keeps nearly constant. For the biomass particles, the
temperature increases at the initial time because of the heat ex-
change with the surrounding environment. After 10 s, the tem-
perature of biomass particles stays constant, showing a good
temperature distribution in the DCFB system. The mean biomass
particle temperature in the combustor is about 100 K higher than
that of the gasifier. The HTCs of biomass and sand particles have
similar values in the combustor while the HTC of biomass particles
is larger than that of the sand particles in the gasifier. The distri-
bution of the slip velocity and Reynolds number fluctuate around a
constant value for both particle species. Compared with the sand
particles, the biomass particles have larger slip velocities both in
the gasifier and combustor. Especially for the Reynolds number, the
value of biomass particles is two orders of magnitude larger than
that of the sand particle.
166
5. Conclusion

In this work, biomass gasification in an industrial-scale DCFB
system is numerically studied using the MP-PIC method featuring
thermochemical sub-models based on the Eulerian-Lagrangian
framework. The integrated model is confirmed to be reliable and
reasonable in modelling biomass gasification in fluidized bed re-
actors. Then, the hydrodynamics and thermochemical character-
istics (i.e., pressure, temperature, and species) in the DCFB are
comprehensively explored. Conclusions are drawn as follows:

(1) Severe size-induced and density-induced segregation of the
solid fuels is observed in the two reactors. Solid back-mixing
makes most particles move downwards along with the pe-
riphery of the inner wall under the influence of gravity. The
bed expansion height of the combustor is about 1.5 m while



Fig. 20. The variation of the particle temperature (a), HTC (b), slip velocity (c), and Reynolds number (d) of the biomass and sand particles in the combustor.

Fig. 21. The variation of the particle temperature (a), HTC (b), slip velocity (c), and Reynolds number (d) of the biomass and sand particles in the gasifier.
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that of the gasifier is about 2.5 m. Higher pressure is
observed in the lower part of the reactors due to the heavy
bed materials and the pressure of the gasifier is higher than
that of the combustor. Interphase momentum exchange
leads to the continuous decrease of the gas pressure axially.

(2) The combustible gas species are significantly affected by
devolatilization, water-gas reaction, and shift conversion. In
the upper part of the gasifier, the CO concentration decreases
while the H2 concentration increases due to the shift con-
version. As the increase of mass flow rate of solid fuels to the
combustor, the CO2 concentration increases with the
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decrease of H2. In the gasifier, the mean mole fractions of H2
and CO2 first decrease and then increase and show the
minimum values at the mass flow rate of solid fuels to the
combustor of 0.1 kg/s, while the mean mole fractions of CO
and CH4 first increase and then decrease and show the
maximum values at the mass flow rate of solid fuels to the
combustor of 0.1 kg/s. In the gasifier and combustor, the LHV
of the gas products is respectively 5.56 MJ/Nm3 and 0.2 MJ/
Nm3 and the CGC is respectively 65.5% and 1.86%. With the
increase of mass flow rate of solid fuels to the combustor, the
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values of LHV and CGC increase, indicating a positive influ-
ence on the gasification performance in the combustor.

(3) A higher solid concentration results in a smaller value of
particle HTC. The HTCs of most particles range from 50 to
150 W/(m2 K) for a solid concentration larger than 0.3 in the
combustor while the HTCs of most particles range from 100
to 200 W/(m2 K) in the gasifier. The temperature of sand
particles keeps nearly constant after the steady state, indi-
cating good temperature control. The temperature of the
combustor is about 100 K higher than in the gasifier. A larger
slip velocity increases the HTC and accordingly enhances the
interphase heat transfer. The Reynolds number of biomass
particles is two orders of magnitude larger than that of the
sand particle.

The numerical results in this study are helpful for better un-
derstanding of hydrodynamics and thermochemical characteristics
of biomass gasification in the DCFB.
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